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Abstract  The present study summarizes the results of macro- and micro-mixing characteristics in an airlift inter-
nal loop reactor with low aspect ratio (H/D≤5) using the electrolytic tracer response technique and the method of 
parallel competing reactions respectively. The micro-mixing has never been investigated in airlift loop reactors. The 
dual-tip electrical conductivity probe technique is used for measurement of local bubble behavior in the reactor. The 
effects of several operating parameters and geometric variables are investigated. It is found that the increase in su-
perficial gas velocity corresponds to the increase in energy input, liquid circulation velocity and shear rate, decreas-
ing the macro-mixing time and segregation index. Moreover, it is shown that top clearance and draft diameter affect 
flow resistance. However, the bubble redistribution with a screen mesh on the perforated plate distributor for 
macro-mixing is insignificant. The top region with a high energy dissipation rate is a suitable location for feeding 
reactants. The analysis of present experimental data provides a valuable insight into the interaction between gas and 
liquid phases for mixing and improves the understanding of intrinsic roles of hydrodynamics upon the reactor de-
sign and operating parameter selection. 
Keywords  airlift loop reactor, macro-mixing, micro-mixing, bubble behavior, hydrodynamics 

1  INTRODUCTION 

Airlift internal loop reactors with large ratio of 
height to diameter are commonly used in petrochemi-
cal [1], energy [2], and bio-engineering [3] processes 
due to their advantages of simple structure, high 
gas-liquid mass and heat transfer rates, good solid 
suspension, uniform shear distribution and especially 
good mixing. They have been adopted popularly in 
aerobic processes, but fewer can be found in anaerobic 
operations. With large scale alcohol fermentors with-
out blending devices as example, problems of material 
charge and discharge, bacterial infection, large con-
centration gradient, and waste of effective reactor 
volume often take a fair part of effective fermentation 
time, wasting raw materials and reducing the yield of 
products [4]. For meeting the need of anaerobic engi-
neering, application of loop reactors with low height-to- 
diameter ratio has been taken into consideration. When 
applied to industrial processes, gas and liquid are 
mixed rapidly through relative short circulation path 
and shear strength becomes heavier compared to that 
in the loop reactor with large height-to-diameter ratio, 
lowering the concentration gradient along the flow 
direction in the entire reactor. Related researches on 
other applications such as leaching ores [5] and nitri-
fying treatment of wastewater [6] have also been re-
ported. In practice, mixing is very important in chemical 
reaction engineering. Rao and Joshi [7] have pointed 
out that the knowledge of mixing is essential when the 
rate of mixing is comparable to or slower than that of 

chemical reaction or mass transfer. For the need of 
scale-up and operation optimization, the mixing 
mechanism in this kind of airlift reactors is necessary. 

In spite of the demand in industries, mixing 
processes are far from being fully understood because 
of complex mechanisms prevailing in the reactors. 
The understanding of macro- and micro-mixing is 
urgently desired for the purpose of optimized opera-
tion and design of industrial loop reactors. For the 
optimum performance of reactors, considerable re-
searches have been carried out to investigate the 
macro-mixing of loop reactors, relying on the knowl-
edge related to hydrodynamics and design parameters 
such as flow pattern [8], gas input [9], liquid circula-
tion [10], downcomer-to-riser cross-sectional area ratio 
[11], design of gas distributor [12] and gas-liquid sepa-
rator [13], geometrical modifications [14, 15], volumet-
ric mass transfer coefficient [16], residence time dis-
tribution [17], axial diffusion coefficient [18], turbulent 
diffusion coefficient [19], and Bodenstein number [20]. 

However, there remains wide scattering among 
the data and correlation predictions, which may be 
retrospectively attributed to insufficient understanding 
of the mixing in these systems. Gondo et al. [21] in-
vestigated the liquid mixing by large bubbles in a 
bubble column and found that the longitudinal disper-
sion coefficient of liquid phase depended on the col-
umn diameter, rather than the column height and mode 
of co- or counter-current contacts. Wilkinson et al. [22] 
pointed out that the influence of pressure on liquid 
mixing was opposite to that predicted by theoretical 
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equations in bubble columns. Hence, more phenome-
nological models and data are required for describing 
the mixing in a way that can relate it with the funda-
mental mechanisms of mixing in loop reactors. 
Meanwhile, most researches were focused on the 
study of the overall gas phase hydrodynamics in in-
ternal loop reactors with large height-to-diameter ratio, 
while fewer on those with low height-to-diameter ratio 
and even less focused on local mixing characteristics. 
The fundamental investigation and understanding of 
mixing based on local bubble behavior in loop reac-
tors would be beneficial to optimization of operation, 
scale-up and design of high efficiency reactors and 
their applications.  

Micro-mixing refers to essentially the ultimate 
mixing on the molecular scale. During the last decades, 
some work has been performed on developing ex-
perimental methods to characterize and intensify mi-
cro-mixing [23, 24], e.g., consecutive competing reac-
tions [25], parallel competing reactions [26, 27] and 
other test reactions [28]. On the other hand, some mi-
cro-mixing models have been established, including 
the interaction by exchange with mean model, engulf-
ment model, engulfment deformation diffusion model, 
multiple environment model, shrinking aggregate 
model, stochastic coalescence-redispersion model, and 
direct quadrature method of moments interaction by 
exchange with the mean model [29]. Numerous inves-
tigations of micromixing in a stirred reactor [30, 31] 
have been carried out utilizing these methods and 
models, with the impeller type and position, agitation 
speed, existence of baffle, feeding schedule and posi-
tion of the limiting reactant taken into consideration. 
Besides, rotating packed bed [32], membrane reactor 
[33], tubular reactor [34], micro channel reactor [35], 
and impinging jet reactor [36] have been studied from 
a micro-mixing point of view. As far as our knowledge, 
the study on the micro-mixing in bubble columns and 
loop reactors has not been reported. 

In this work, overall gas holdups in a gas-liquid 
loop reactor are measured using manometers, and 
macro-mixing time is determined by the tracer conduc-
tance response technique as conventionally adopted in 
many studies on airlift internal loop reactors. Al-
though mixing and its impact on reaction have been 
studied by many researchers, the effect of local bubble 
behavior on mixing has received little attention. Thus 
the bubble behavior in the riser such as local gas holdup, 
bubble size and bubble rise velocity distribution are 
investigated by using a double-sensor conductivity 

probe. The effects of operation and structure parame-
ters of the airlift loop reactor with low aspect ratio 
(H/D≤5) on gas-liquid two-phase flow and macro- and 
micro-mixing characteristics are investigated. 

2  EXPERIMENTAL 

2.1  Experimental setup 

Measurements were made in an internal loop re-
circulation reactor, which consists of a gas-liquid 
sparger at the bottom, a main cylindrical vessel, and a 
concentric draft-tube. The geometric details of the 
reactor are shown in Table 1 and Fig. 1. Air and tap 
water are served as gas and liquid phases, respectively. 
The superficial gas velocity (based on the riser 
cross-section) varies from 0.01 m·s−1 to 0.10 m·s−1, 
which is calculated as 
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All experiments were carried out with air and 
water at 25±1.0 °C. Hydrodynamic characteristics of 
gas phase were measured by using a dual-tip electrical 
conductivity probe. In order to ensure the sensitivity 
and accuracy, validation of the technique was con-
ducted [37], with the maximum errors for gas holdup 
and bubble rise velocity less than 5%. The dou-
ble-sensor electrical conductivity probe can be placed 
at any desired position so that gas holdup and bubble 
behavior can be determined at different axial and ra-
dial positions. 

2.2  Measurement method 

2.2.1  Determination of overall gas holdup 
Gas holdup is related to the pressure drop in the 

loop reactor with the acceleration effects neglected. 
The pressure transducer setup is shown in Fig. 1, and 
points α and β represent two pressure transducers for 
the pressure inside the draft tube or in the annulus. 
The gas holdup in the riser εgr is described by the re-
corded hydrostatic pressure as follows [38]: 
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where ΔPβα and ΔHr are the pressure difference and 
the vertical distance between two monitoring points 
respectively, and ρl is the density of liquid phase. 

Table 1  Configuration and experimental parameters of the loop reactor 

D/m Draft tube length L/m Tc/m Bottom clearance Bc/m Perforated distributor 

0.30 0.70 0-0.30 0.06 unscreened 
(5 mm thick)

screened* 

(100 mesh = 150 μm) 
screened 

(250 mesh = 58 μm)

ug/m·s−1 Transducer location ht/m Feed time tf/min Feed position hf/m Size of draft tube Dr/mm 

0.01-0.10 0.07-0.88 5-55 0.16-0.86 Φ140×5 Φ200×7 Φ250×9 
* Screen is fixed at 0.03 m above the perforated plate. 
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The gas holdup in the downcomer can be obtained 
similarly. The cross-sectional mean gas holdup between 
points α  and β  in the reactor (εg) may be obtained from 
the measured εgr in the riser and εgd in the downcomer: 

r gr d gd
g

r d

A A
A A
ε ε

ε
+

=
+

            (3) 

Here Ar and Ad are the cross-sectional areas of the riser 
and the downcomer, respectively. 

2.2.2  Determination of local bubble behavior 
The bubble characteristics were measured with a 

dual-tip electrical conductivity probe and data acquisi-
tion system (BVW2) developed by Institute of Process 
Engineering, Chinese Academy of Sciences. The 
measuring principle is based on different conductivi-
ties of liquid and gas phases, which correspond to dif-
ferent voltage signals as the probe contacts with dif-
ferent phases. The acquisition frequency is 20 kHz, 
which is high enough to capture the fastest bubbles. 
The dual electrical conductivity probe consists of two 
enamel-insulated wire tips of 0.20 mm in diameter. 
The tips are coated by epoxy resin and supported by a 
stainless steel tube of 4 mm in diameter. The distance 
between up-stream tip and down-stream tip, Lp, as 
shown in Fig. 1, is fixed at 2.0 mm for every probe. 
The dual-tip electrical conductivity probe can move 
flexibly for measurement at different axial and radial 

positions. In order to minimize its interference, the 
probe tips and their support are made as small as pos-
sible in contrast to the dimension of the reactor, and its 
obstruction to the flow can be neglected.  

Local gas holdup is defined as the ratio of the 
residence time of the probe in gas phase to total 
measuring time as calculated by 

g,L /itε τ=∑               (4) 

For an effective bubble, the pair of signal patches 
must satisfy the following revised conditions initially 
proposed by Fan et al. [39]: 

1 1t t′<                  (5) 

1 1t tτ τ′ ′+ < +                (6) 

0.95 /[0.5( )] 1.05τ τ τ ′< + <         (7) 

ab0.1 / 2t τ< <               (8) 
According to the criterion aforementioned, bub-

ble rise velocity is obtained by 

b p ab/u L t=                (9) 

Then, the chord length of the bubble di can be 
calculated by 

bid u τ=                (10) 
And the Sauter diameter is defined by the ratio of the 

 
Figure 1  Schematic diagram of the loop reactor (not to scale) and conductance tracer response technique 
1—air compressor; 2—buffer tank; 3—gas mass flowmeter; 4—perforated distributor; 5—riser region; 6—downcomer region; 7—
separator region; 8—pressure transducer; 9—electrical conductivity probe port; 10—BVW2 data acquisition system 
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third to the second moment of the probability density 
function p(d), which depends on dmin, dmax, and the 
chord length distribution of bubbles: 

max max

min min
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It relates to the area of the dispersed phase to its vol-
ume and hence to mass transfer rate. For any size dis-
tribution of discrete entities,  
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where ni is the ith effective bubble taken into statistics, 
and other parameters, 1t , 1t′ , 2t , 2t′ , τ , τ ′  and abt , are 
schematically shown in Fig. 2. 

 
Figure 2  Schematic diagram of signals generated from 
up-stream and down-stream tips 

2.2.3  Determination of macro mixing time 
The conductivity response technique was used in 

this work for measurement of macro-mixing time (tm). 
The electrolyte solution with high concentration of 
tracer (250 g·L−1 NaCl) was injected to the liquid sur-
face near the wall as a pulse. A monitoring conductiv-
ity electrode was installed 0.06 m above the bottom at 
the opposite side wall for avoiding the short circuit of 
tracer-rich stream. As bubbles in the reactor would 
significantly affect the conductivity, the electrode was 
wrapped by non-metal gauze. The electric conductiv-
ity will fluctuate at the monitoring position until the 
electrolyte solution is uniformly dispersed throughout 
the reactor. The macro-mixing time is defined as the 
period of time necessary for a system to achieve the 
desired level of uniformity, expressed in terms of the 
degree of mixing: 

0
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If Y remains henceforth in the range between 
0.95 and 1.05, the mixing is considered complete and 
this period is taken as the macro-mixing time tm. Un-
der each condition the experiment was repeated 6-10 
times to get an average of tm. 

2.2.4  Determination of segregation index 
In many industrial processes, many chemical re-

actions for desirable intermediates and end products 

are accompanied by side reactions producing undesir-
able by-products, decreasing reaction yield and com-
plicate product separation. The simplest test system 
that quantifies this behavior consists of two parallel 
reactions with two reagents, B and C, being present in 
a homogeneous mixture and competing for another 
common reagent, A, to be fed into the reactor. Other 
species involved are the desired product R and the 
undesired product Q. A popular parallel competing 
test system proposed by Bourne and Yu [26] is the 
neutralization and alkaline hydrolysis of ethyl 
monochloroacetate: 

1
2NaOH(A) HCl(B) NaCl(R) H OK+ ⎯⎯→ +   (13) 

2
2 2 5

2 2 5

NaOH(A) CH ClCOOC H (C)
CH ClCOONa(Q) C H OH

K+ ⎯⎯→

+   (14) 

A weighted amount (0.05 m3) of hydrochloric 
acid (40 mol·m−3) and ethyl monochloroacetate (40 
mol·m−3) were transferred into the reactor and mixed 
homogeneously with water inside by aerating with air 
for about 0.5 h before adding sodium hydroxide solu-
tion (2000 mol·m−3, 1000 ml) to test the micro-mixing. 
The segregation index XQ is defined as the yield of Q 
relative to the amount of limited reagent A, i.e., 

( )Q RQ Q c cX c +=           (15) 

The neutralization reaction is instantaneous rela-
tive to the mixing. If micro-mixing is efficient, A will 
be diluted immediately after its addition, and the 
slower reaction of hydrolysis will occur at very low rate. 

In the present work, as in all micro-mixing stud-
ies referred here, a low value of the segregation index 
XQ corresponds to rapid mixing in fine scale and the 
greatest yield of the desired product. Further kinetic 
details of this system are available [26]. The product 
distributions were obtained by gas chromatography (GC) 
analysis of the residual ester and the formed ethanol. 

3  RESULTS AND DISCUSSION 

3.1  Flow regime and bubble behavior 

Bubbles are distributed equally across whole 
riser volume for ug<0.06 m·s−1. The gas holdup in the 
riser increases linearly with ug. This corresponds to 
the homogeneous regime in Fig. 3. However, as ug 
increases above 0.06 m·s−1, large bubbles form due to 
more frequent coalescence and aggregation. They 
move upward to the upper riser with higher rise ve-
locities and shorter residence time, and increase the 
gas holdup slowly. Usually, the airlift loop reactor 
with high aspect ratio has a low critical velocity (0.03 
m·s−1) for flow regime transition. For the airlift loop 
reactor with low aspect ratio, a wider range of ho-
mogenous regime is advantageous in benefit of higher 
circulation of liquid flow, intensified turbulence, 
shorter macro-mixing time and segregation index, and 
makes bubble distribution more uniform along axial 
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and radial directions. Uniform bubby flow with gas 
superficial velocity of 0.01-0.06 m·s−1 is adopted in 
the subsequent study.  

Figures 4 and 5 show the radial profiles of gas 
holdups and the Sauter mean diameters in the riser, 
respectively, as a function of radial positions at vari-
ous superficial gas velocities and axial heights. The 
local gas holdup and Sauter mean diameter increase 
with superficial gas velocity. At the bottom of the riser 
(h/D = 0.86), the gas holdup in this region appears a 
little deviated core peaking distribution [Fig. 4 (a)] 
owing to the location of gas jet and original uniformly 

distributed bubble size [Fig. 5 (a)]. With the increase 
of axial distance from the distributor (h/D = 1.94, 
3.55), the static pressure in bubbles decreases. The 
breakage and coalescence of bubbles strengthen the 
interaction between bubbles and increase the bubble 
size. Based on the results of Tomiyama et al. [40], for 
the reason of shear-induced lift force, small bubbles 
incline to migrate toward the pipe wall and form a 
wall peaking distribution of gas holdup, while large 
bubbles tend to move to the central axis as they rise 
upward along the riser [Fig. 5 (b) to 5 (c)]. A core- 
peaking gas holdup distribution can be found in Fig. 4 
(b) to 4 (c). 

However, it should be noted that the phenomena 
appear a little different at the top of the riser 
(h/D = 4.62), and the distribution of gas holdup be-
comes more flattened in Fig. 4 (d). Fig. 5 (d) indicates 
that at low superficial gas velocities, coalescence and 
ring vortex hardly occur at the top entrance of the 
downcomer. Small bubbles are still generated due to 
breakage near the riser wall, while at relatively high 
superficial gas velocities the Sauter mean diameter is 
more uniform in the whole top region. The same re-
sults can be convinced by the typical radial probability 
p(ub) histogram of the bubble rise velocity at h/D =  
4.62 as shown in Fig. 6. However, the difference in 
values of central peak for each histogram appears un-
obvious due to the drastic and uniform turbulent en-
ergy in the top region. 

 
Figure 3  Gas holdup as a function of superficial gas veloc-
ity in a loop reactor (air-water, Hliquid = 86 cm, Tc = 0.10 m, 
Bc = 0.06 m, Dr: Φ200×7 mm, unscreened perforated plate) 

             
(a) h/D = 0.86                                        (b) h/D = 1.94 

             
(c) h/D = 3.55                                        (d) h/D = 4.62 

Figure 4  Radial profiles of local gas holdup in the riser (air-water, Hliquid = 86 cm, Tc = 0.10 m, Bc = 0.06 m, Dr: Φ200×7 mm, 
unscreened perforated plate) 
ug/m·s−1: ■ 0.01; ○ 0.02; △ 0.03; ▽ 0.04;  0.05;  0.06 
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(a) h/D = 0.86                                       (b) h/D = 1.94 

            
(c) h/D = 3.55                                       (d) h/D = 4.62 

Figure 5  Radial profile of Sauter mean diameter in the riser (air-water, Hliquid = 86 cm, Tc = 0.10 m, Bc = 0.06 m, Dr: Φ200×7
mm, unscreened perforated plate) 
ug/m·s−1: ■ 0.01; ○ 0.02; △ 0.03; ▽ 0.04;  0.05;  0.06 

            
(a) 2r/Dr = 0                                     (b) 2r/Dr = 0.29 

            
(c) 2r/Dr = 0.58                                   (d) 2r/Dr = 0.87 

Figure 6  Radial profiles of bubble rise velocity at h/D = 4.62 (air-water, Hliquid = 86 cm, ug = 0.03 m·s−1, Tc = 0.10 m, Bc = 0.06 
m, Dr: Φ200×7 mm, unscreened perforated plate) 
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As we known, the rise velocity of a bubble de-
pends mainly on its size, and the velocity affects the 
local turbulent kinetic energy and its dissipation rate. 
Luo and Al-Dahhan [41] utilized computational fluid 
dynamics approaches to point out that the riser center 
and the top region are the efficient mixing zone. These 
experimental observations provide further evidence in 
consistence with this conclusion. 

3.2  Macro-mixing time 

3.2.1  Effect of superficial gas velocity 
Figure 7 macro-mixing time is obviously reduced 

by increasing the superficial gas velocity ug. The den-
sity difference between the riser and the downcomer 
increases with ug, enhancing the driving force for liq-
uid circulation. The tracer elements break along the 
flow direction in a short time, which, in turn, enhances 
the macro-mixing in the loop reactor and decreases the 
macro-mixing time. 

 
Figure 7  Macro-mixing time as a function of superficial 
gas velocity in a loop reactor (D = 0.3 m, L = 0.70 m, 
Tc = 0.10 m, Bc = 0.06 m, Dr: Φ200×7 mm, unscreened perfo-
rated plate) 

3.2.2  Effect of top clearance 
Top clearance is the distance between the upper 

end of draft tube and the static liquid level. It is an 
operation parameter that plays a decisive role in cir-
culation resistance and liquid-gas separation. Fig. 8 
shows that the macro-mixing time first declines and 
then increases with the increase of top clearance. 
There is an optimal value of top clearance at H = 2.9D. 

 
Figure 8  Macro-mixing time as a function of static liquid 
height in a loop reactor (D = 0.03 m, L = 0.70 m, Bc = 0.06 m, 
Dr: Φ200×7 mm, unscreened perforated plate) 

The macro-mixing time is the longest when the 
top clearance in non-aerated liquid height coincides 
with or a little higher than the upper end of the draft 
tube. No ring vortex is found near the deflection zone 
from the riser to the downcomer. At low top clearances 
(Tc = 10 cm), larger top clearance and static liquid 
height enlarge the top region significantly, which pro-
vides a larger space for gas-liquid separation and fa-
cilitates the bulk liquid flow deflected from the riser 
into the downcomer. The liquid circulation velocity 
increases as the size of top region increases. These 
results are consistent with the conclusion made by Luo 
and Al-Dahhan [41] and Chisti [42]. The improved 
macro-mixing reduces the overall macro-mixing time 
in the loop reactor. However, for too large top clearances, 
further increase of static liquid height only enlarges 
the liquid volume of top deflection zone for greater 
mixing burden, minimally improves the gas-liquid 
separation, and hardly facilitates the reversal of liquid 
flow. The turbulence extent of liquid at the top of  
reactor decreases with the increase of circulation  
resistance per unit volume, so does the macro-mixing. 

3.2.3  Effect of perforated plate distributor apertures 
Gas distributors are usually used for flow distri-

bution to homogenize the energy input and to strengthen 
the mass transfer by bubble dispersion. Many research-
ers compared different kinds of sparger by their power 
consumption and dispersion characteristics. The feasi-
bility of bubble redistribution by arranging a screen 
mesh above the perforated plate distributor is investi-
gated in this study with respect to macro-mixing time. 

The macro-mixing time is related to liquid circu-
lation velocity determined by the energy balance on 
the reactor. The energy input into the riser occurs 
mainly due to isothermal expansion of the gas as it 
rises up along the riser. Energy is dissipated because 
of wall friction in the riser and the downcomer, turbu-
lent energy dissipation due to internal liquid recircula-
tion within the riser, and friction and drag loss in the 
gas-liquid interface. It can be seen from Fig. 9 that, 
compared with the unscreened plate, the screened 
plate has slightly better effect for macro-mixing. The 
screened plate plays a role in redistribution of bubbles. 

 
Figure 9  Macro-mixing time as a function of gas superfi-
cial velocity by different perforated plate distributor ap-
ertures (D = 0.3 m, L = 0.70 m, Tc = 0.10 m, Bc = 0.06 m, Dr: 
Φ200×7 mm) 
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The kinetic energy component of the jet from the gas 
sparger is usually small and can be neglected. Thus 
there is no significant difference in the macro-mixing 
time with these two screened plates. These observations 
are in consistent with the liquid velocity and energy 
loss prediction results of García and Letón [43]. 

3.3  Microscopic mixing 

3.3.1  Determination of feed time 
Duration of feeding time is a critical parameter 

for micro-mixing experiments. If the feeding time is 
shorter than the reaction time, the segregation index 
XQ becomes a function of feed dispersion rate, and the 
plume of sodium hydroxide can not be well dispersed. 
This experiment is thus controlled by both macro- and 
micro-mixing mechanism, and leads to formation of 
more by-products and a high value of segregation index. 
Therefore, the feeding time must be sufficiently long 
(or feeding rate must be slow), so that the macro-mixing 
effect does not interfere and the micro-mixing is the 
controlling mechanism.  

To test if the feeding time is long enough, the 
experimental conditions (such as unscreened perfo-
rated plate, low superficial gas velocity, and surface 
feeding) should produce relatively poor environment 
for macro-mixing capacity to make sure that such a 
macro-mixing environment is suitable for all subse-
quent micro-mixing experiments. In Fig. 10, the feeding 
rate is changed to keep a constant total feed amount. 
The increase in feed time makes XQ decrease to an 
asymptotic value. It shows that micro-mixing becomes 
dominating if the feed time of NaOH (2.0 mol·L−1) is 
longer than 45 min (at the feeding rate of 22.2 
ml·min−1). This means that when the feeding time is 
longer than 35 min, macro-mixing effects are elimi-
nated negligible and the selectivity of the by-product 
of fast reactions or XQ is only micro-mixing relevant. 
Consequently, a little longer feeding time of 45 min is 
used for subsequent experiments with two parallel 
reactions in the reactor. 

 
Figure 10  Segregation index as a function of feed time 
(Tc = 0.12 m, Bc = 0.06 m, Dr: Φ140×5 mm, feeding outside of 
the draft tube, unscreened perforated plate) 

3.3.2  Effect of axial feed position 
For Hliquid = 88 cm, eight axial feed positions are 

considered in order to investigate the effect of axial 

feed position on segregation index, as shown in Fig. 11. 
It can be explained by the widely varying energy dis-
sipation rates throughout the loop reactor. The turbulent 
kinetic energy is especially large in the bottom (h =  
16 cm) and top regions (h = 66 cm), in which high 
turbulent kinetic energy corresponds to drastic energy 
dissipation. 

 
Figure 11  Segregation index as a function of feed position 
(Tc = 0.12 m, Bc = 0.06 m, Dr: Φ140×5 mm, tf = 45 min, un-
screened perforated plate) 

When the feed position is located at h = 66 cm 
inside the draft tube, the lowest segregation index is 
achieved. It is caused by the fast energy dissipation 
rates where vortexes form near the upper part of the 
riser. When the sodium hydroxide is injected just be-
low the free surface of liquid (h = 86 cm), the segrega-
tion index is the highest owing to the much smaller 
local energy dissipation rate than that in the other re-
gions in the reactor. It is consistent with the result of 
the turbulent kinetic energy distribution analyses pre-
sented by Luo and Al-Dahhan [41, 44]. 

3.3.3  Effect of superficial velocity 
Figure 12 shows a general trend that segregation 

index declines with the increase of superficial gas ve-
locity or power input into the fluid. When the gas is 
induced to the reactor, it strengthens the local mixing 
with its blending and shearing effects. The magnitude 
of turbulent kinetic energy increases with the increase 
of superficial velocity. By higher turbulence and 

 
Figure 12  Segregation index as a function of superficial 
velocity (Tc = 0.12 m, Bc = 0.06 m, Dr: Φ140×5 mm, tf = 45 min,
feeding inside of the draft tube, unscreened perforated plate) 
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backmixing intensities [13], the micro-mixing in the 
reactor is enhanced. The specific power input to the 
reactor increases with superficial gas velocity. More 
bubbles are present at high superficial velocities. Due 
to the increase in liquid velocity, bubbles are dragged 
into the downcomer near the region of higher turbu-
lent kinetic energy in the downcomer [45]. Decrease in 
the driving force for the circulation results in less  
increase of energy loss at the gas-liquid interface. 
Higher superficial liquid velocity counteracts the im-
provement of shear capacity and turbulence intensity 
by adding the same amount of gas [9]. It is also a re-
flection of decreased sensitive degree to the change of 
superficial gas velocity as seen in Fig. 12. 

3.3.4  Effect of top clearance 
The mixing process in loop reactors consists of 

combined effects occurring in the draft tube, annular 
space and in the top and bottom regions. Fig. 13 
shows that as the top clearance (based on the static 
liquid height) increases from 0 to 18 cm, the change of 
XQ is insignificant. The top region of the airlift loop 
reactor is usually assumed as complete mixing flow 
while the riser and the downcomer are considered as 
two plug-flow sections [13, 46]. However, this best-mixed 
hypothesis does not accord with our experiment. As 
the top clearance varies from 0 to 6 cm, no bubble is 
found to entrap into the downcomer by the vortices 
formed at the entrance of the downcomer. Disen-
gagement of bubbles from the liquid phase, which 
occurs at the central top of the draft tube, leads to fast 
energy dispersion. The increase of the top clearance (6 
to 18 cm) accounts for the bulk liquid circulation. The 
slight decrease of segregation index can be partly  
explained by the increase in the residence time of the 
fluid in the best-mixed region of the reactor. With  
further increase of the top clearance (24 to 30 cm), 
bubbles are easier to escape from the liquid phase, 
lowering gas holdups and liquid circulation velocities 
as we observed in the experiments. Circulation resis-
tance increases simultaneously with the liquid level 
above the draft tube. Ultimately, disengagement of 
these bubbles leads to energy loss on the liquid sur-
face. There is no enough turbulent energy in the bulk 
fluid to separate the reactant and product. Thus the 

entire selectivity of the reaction deteriorates. 

3.3.5  Effect of area ratio of riser and downcomer 
The change of diameter ratio affects the liquid 

circulation velocity directly. For a given H/D, the most 
unfavorable conditions are obtained at a low Ar/Ad 
ratio, because at this draft tube geometry the liquid 
velocity of the riser is too high, which offers more 
opportunities for bubbles to escape from the surface 
rather than being entrained by the downward liquid 
into the annual space. A proper increase in Ar/Ad 
abates the above disadvantages and reduces the flow 
resistance of the riser so that the volumetric rate of 
liquid circulation is increased. Fig. 14 shows that, 
while the cross-sectional area for flow of the riser is 
approximately equal to the cross-sectional area of the 
downcomer (Ar/Ad ≈ 1), coalescence of bubbles in the 
two-phase flow is almost inhibited [11]. The total re-
sistance along the flow path is the smallest, leading to 
the lowest XQ. Continuous increase of Ar/Ad ratio fur-
ther reduces liquid circulation velocity due to higher 
circulation resistance. Bubbles under this condition 
have more chances to escape from the surface rather 
than form an entraining swirl in the separated zone. 
Obviously, the decrease of micro-mixing efficiency is 
due to reduced turbulent level. 

 
Figure 14  Segregation index as a function of area ratio of 
riser and downcomer (Tc = 0.12 m, Bc = 0.06 m, tf = 45 min, 
feeding inside of the draft tube, unscreened perforated plate) 

4  CONCLUSIONS 

Gas-liquid macro- and micro-mixing in an airlift 
loop reactor with low aspect ratio (H/D≤5) have been 
investigated. The macro-mixing time of the continu-
ous phase is determined by means of the electrical 
conductivity probe technique. For the sake of under-
standing the interaction between gas and liquid phases, 
local bubble behavior in the reactor are estimated by 
utilizing the dual-tip electrical conductivity probe. 
Moreover, the micro-mixing investigations in loop 
reactors are presented for the first time determined 
experimentally by segregation index. The following 
conclusions can be obtained. 

(1) Different from the airlift loop reactor with 
high aspect ratio, for the low aspect ratio reactor, the 
maximum value of homogeneous superficial gas velocity 

 
Figure 13  Segregation index as a function of top clear-
ance (Bc = 0.06 m, Dr: Φ140×5 mm, tf = 45min, feeding inside 
the draft tube, unscreened perforated plate) 
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can reach 0.06 m·s−1, which is larger than 0.03 m·s−1 
reported in literature. Thus, the loop reactor with low 
aspect ratio has better operation flexibility in a wider 
range of the homogeneous regime. 

(2) The experimental results on macro- and mi-
cro-mixing characteristics such as macro-mixing time 
and segregation index reveal that superficial gas ve-
locity plays important role in mixing in loop reactors. 
Higher superficial gas velocity corresponding to higher 
energy input increases the driving force for circulation 
and overall energy dissipation rate as expected.  

(3) Top clearance and Ar/Ad significantly affect 
the macro- and micro-mixing characteristics since 
they alter the flow resistance and the dissipation of 
kinetic energy. The optimal values of Tc of 10 cm result 
in the lowest macro-mixing time while Tc of 16 cm 
and Ar/Ad ≈ 1 result in the lowest segregation index in 
airlift loop reactors. 

(4) Due to the small kinetic energy component of 
the jet from the gas sparger, there is slight improve-
ment in the macro-mixing utilizing macro-mixing 
time as an indicator by arranging a screen mesh above 
the perforated plate distributor. 

(5) From bubble behavior, it can be easily found 
that the riser center and the top region of the reactor 
are efficient mixing regions. The uppermost part of the 
draft tube is suitable for feeding of limiting reactant 
for better utilization of the micro-mixing capacity. 

NOMENCLATURE 

A cross sectional area, m2 
c0 initial average conductivity , S·m−1 
c∞ final average conductivity, S·m−1 
c(t) instant conductivity at time t, S·m−1 
D diameter of reactor, m 
Dr diameter of riser, m 
d chord length of bubble, m 
d32 particle diameter, m 
G volumetric flow rate, m3·s−1 
g gravity acceleration, m·s−2 
H height of reactor, m 
h monitoring height under operation condition, m 
K1 reaction rate constant of neutralization, m3·mol−1·s−1 
K2 reaction rate constant of alkaline hydrolysis of ethyl 

monochloroacetate, m3·mol−1·s−1 
Lp distance between up- and down-stream tip of conductivity 

probe, m 
n effective bubble number taken into statistics 
P pressure, Pa 
p(d) probability of chord length of bubble 
p(ub) radial probability of bubble rise velocity 
r radius of monitoring position, m 
ug superficial gas velocity, m·s−1 
ub velocity of a bubble, m·s−1 
Tc top clearance, m 
tab time difference, s 
ti residence time of the upstream tip of conductivity probe, s 
tm macro-mixing time, s 
V voltage, V 
XQ segregation index 

Y degree of macro-mixing 
ε phase fractional holdup 
ρ density, kg·m−3 
τ total measuring time, s 

Subscripts 
d downcomer 
g gas phase 
i principle ordinal number 
l liquid phase 
min, max minimum or maximum value 
r riser 
L local 
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