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a b s t r a c t

In this research gasoil desalting was investigated from mass transfer point of view in an eductor liquid–
liquid extraction column (eductor-LLE device). Mass transfer characteristics of the eductor-LLE device
were evaluated and an empirical correlation was obtained by dimensional analysis of the dispersed phase
Sherwood number. The Results showed that the overall mass transfer coefficient of the dispersed phase
and extraction efficiency have been increased by increasing Sauter mean diameter (SMD) and decreasing
the nozzle diameter from 2 to 1 mm, respectively. The effects of Reynolds number (Re), projection ratio
(ratio of the distance between venturi throat and nozzle tip to venturi throat diameter, Rpr), venturi throat
area to nozzle area ratio (Rth-n) and two phases flow rates ratio (RQ) on the mass transfer coefficient (K)
were determined. According to the results, K increase with increasing Re and RQ and also with decreasing
Rpr and Rth-n. Semi-empirical models of drop formation, rising and coalescence were compared with our
proposed empirical model. It was revealed that the present model provided a relatively good fitting for
the mass transfer model of drop coalescence. Moreover, experimental data were in better agreement with
calculated data with AARE value of 0.085.
� 2021 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All

rights reserved.

1. Introduction

Desalting of liquid solutions may be done by liquid–liquid
extraction (LLE) in which a solute is removed from a liquid by a sol-
vent in two immiscible liquid systems [1]. LLE is a simple separa-
tion technique with an appropriate mass transfer rate, used in
many industries such as hydro-metallurgy, and chemical indus-
tries like oil refining, pharmaceutical also environmental applica-
tions [2]. The mixing in the LLE system can be created either
with agitation or without agitation [3]. In the case of no agitation
device, the mechanism of mixing should be done with some kind
of jet flow. Three different regimes may occur when a liquid is
injected as a jet flow into another liquid in LLE systems [4]. A drip-
ping regime will be formed at low velocities of flow through the
nozzle, while by increasing velocity the dripping regime converts
to jetting flow. The length of jet flow decreases with increasing
velocity leading to appearance of the atomization regime. Nozzle
and orifice mixers are the most conventional industrial jet mixers
with acceptable performances for crude oil desalting [1].

Impinging-jets accelerate the mixing of two liquid phases com-
pared to the conventional extractor, leading to increased mass
transfer coefficient and reduced volume of the device for a required

mass transfer rate [5]. In this device, it was proved that the addi-
tion of NaCl to the system of toluene/acetone/water has an improv-
ing effect on the extraction efficiency and mass transfer coefficient
[6]. Ejectors as a jet type system are also used widely in chemical
process industries [7]. It has been used in an LLE device and pro-
vides an appropriate mass transfer rate [8]. Limited studies on
the use of ejectors in the LLE process have been reported. Suresh
et al. [9] have used the countercurrent separation process of ura-
nium and thorium with a multi-stage ejector using the LLE device,
i.e. mixer-settler and evaluated its performance. Eductor is a type
of ejector for mixing two liquids that can be used as a mixer in
the LLE process [10]. In comparison to some other LLE devices such
as rotating disc contactors which have moving parts, sealing prob-
lem as well as corrosion do not exist in eductor-LLE devices [11]. In
an eductor-LLE device, a venturi is placed in front of the nozzle;
The main parts of the device are shown as the venturi and the noz-
zle in Fig. 1. The dispersed phase flow enters venturi after the noz-
zle and pulls the continuous phase flow into venturi [12]. The
dispersed phase flow through nozzle tip enters the venturi and
the continuous phase flow around the venturi is sucked into the
venturi. The mixing of these two phases is maximized at the ven-
turi throat and exits through the venturi as a mixture. The exiting
flow of dispersed phase from the venturi is sucked back into the
venturi along with the continuous phase flow. In recent studies,
the hydrodynamic performance of eductor-LLE devices was partly
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verified using computational fluid dynamics (CFD), as well as the
modeling of Sauter mean diameter (SMD) [13,14].

The mass transfer coefficient between the two phases in LLE
systems is an important parameter for determining the perfor-
mance of the extractor [15]. Rajagopalan et al. [16], studied an
air-pulsed ejector mixer settler in nuclear industries and reported
a high mass transfer performance. Mass transfer between jet flow
and its surrounding flow is discussed by Sawistowski in jet
breakup system [17]. It was claimed that mass transfer inside the
jet increases in an opposite trend compared to mass transfer out-
side the jet. Acharje et al. [18] studied water/n-butanol and
water/methyl-ethyl-ketone systems in an ejector device and pre-
sented a correlation to calculate the mass transfer coefficient. Sur-
esh et al. [19] studied on performance of a counter-current ejector
mixer-settler LLE device for uranium–thorium separation and
reported higher extraction efficiency. The effect of mass transfer
on jet breakup in liquid laminar jet in gas phase, and liquid jets
in liquid phase are studied by Burkholder & Berg [20]. Kimura &
Miyauchi [21] determined mass transfer rate in liquid–liquid lam-
inar jet with diffusion equation by measuring the approximate
interfacial velocity using photographic technique. Cheng et al.[22]
investigated the characteristics and mechanism of melt jet breakup
in water and reported that Rayleigh-Plateau instability had the
dominant effect on the melt jet column breakup in water. Saien
et al. [23] investigated mass transfer enhancement in a jet LLE
device with dimensionless modeling. Various LLE devices with jet
mixing were studied by Tamir, reporting that the jet streams can
raise the mass transfer coefficient, significantly [24]. Numerous
correlations for mass transfer coefficient of different extraction col-
umns have been obtained using different chemical systems: single
drops [25,26], rotating disc contactors (RDC) [27], perforated rotat-
ing disc contactor (PRDC) [28,29], Kühni [30], pulsed perforated-
plate [31] and multistage column [32].

The conventional LLE devices have some disadvantages such as
corrosion and sealing problems and so much space requirements
[11]. Due to the presence of venturi against nozzle flow, the educ-
tor has advantages over jet systems, which can be referred to as
high efficiency and more mixing. Therefore, the eductor LLE device
provides some advantages such as less sealing and corrosion prob-
lems, low contact time, no requirement for moving parts, provision
of high overall mass transfer coefficients and reduced contactor
volume [14]. But, the mass transfer characteristic of an eductor-
LLE device is not yet investigated. In the present study, mass trans-
fer characteristics of the eductor-LLE device for separation of NaCl
from gasoil by water are evaluated, experimentally and
theoretically.

2. Experimental

2.1. Eductor extractor

A schematic of the experimental set up is shown in Fig. 2. It con-
sists of the main LLE column with the peripheral equipment
involving: pumps, valves, three flowmeters, feed and product stor-
age tanks. The continuous phase enters the column from the top
through a conic duct, while the dispersed phase is pumped through
the nozzle at the bottom. Two-phase separation occurs at the col-
umn top and the height of the interface position is manually main-
tained by adjusting the output of the dispersed phase. Two of the
flowmeters are used for these two phases input flow rates, while
the third one is used for the output of the continuous phase flow
rate. The flow of dispersed phase from the nozzle which enters
the eductor, helps in sucking some amount of continuous phase
into the venturi, so there are distributions and mixing inside the
venturi throat.

Table 1 gives the geometrical parameters of the device used in
the experiments. Collected data in this table were evaluated by
the CFD results and were used to design the eductor-LLE device
[13]. The number of experiments required in this work was
obtained using the CCD (central composite design) method for
investigating the effects of nozzle diameter (Dn), venturi throat
diameter (Dth), nozzle tip distance from venturi throat (Lth-n), jet
velocity (Vj) and two phases flow rates ratio (RQ) on the overall
mass transfer coefficient of the dispersed phase (commonly abbre-
viated as K).

2.2. Water-gasoil desalting system

A Purified gasoil (from sulfur components) supplied by Kimia
Azma Company, Tehran, Iran was saturated with NaCl to be used
as a dispersed phase. Deionized water was selected as a continuous
phase to remove NaCl from gasoil in a countercurrent system. The
reason for performing the experiments with saturated gasoil was
to prevent interference of any trivial impurities during mass trans-
fer between the two phases. The physical properties of the used
materials in the current LLE system, including their viscosity, den-
sity and specific interfacial area were measured by Kimia Azma
Company, Tehran, Iran.

One of the acceptable relationships for measuring molecular
diffusivities of NaCl into gasoil and deionized water (D), as another
physical property of the chemical system, is the Wilke-Chang
equation [33].

D ¼ 7:4� 10�8
� �

M
1
2 T=lV0:6

A ð1Þ

whereM, T, and VA are the molecular weight of solvent, temperature
and molal volume of solute at normal boiling point. These physical
properties are presented in Table 2. In this research, all experiments
have been performed at ambient temperature.

Fig. 1. Schematic of eductor.
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The method of electrical conductivity (EC) is one of the most
accurate methods for measuring the salt concentration in water
products [34]. The concentration of NaCl in the continuous phase
was analyzed as total dissolved solid (TDS), via a TDS tester, model
6032 of the Taiwanese company, EZDO, with a replaceable elec-
trode. Fig. 3 shows the calibration curve prepared for determining

the EC of various concentrations of NaCl in deionized water. This
liner curve fitting of measured data yields the R2 value of 0.9924
which represents the goodness of fitting as a statistic variable. So
this curve is considered acceptable for use in concentration
measurements.

The following relation was derived to achieve the equilibrium
concentration of NaCl in the dispersed phase (C*d,out).

C�
d;out ¼ 1:3396C1:0418

c;out ð2Þ

where Cc,out is the concentration of NaCl in the continuous phase
corresponding to C*d,out. By determination of the flow rates of both
phases, Cc,out can be obtained using the mass balance method (see a
schematic diagram of this process in Fig. 4). Thereafter C*d,out can be
calculated by Eq. (2). In this Equation, in order to obtain an equilib-
rium curve, different concentrations of water and salt were first
prepared and mixed in equal proportions with gasoil. After com-
plete mixing and equilibrium of the two phases, the continuous
phase was separated and the salt concentration was measured. By
means of mass balance, the salt concentration in the gasoil was
obtained. Also by help of about more than 15 equilibrium points
in the study concentration range, the above relationship was
obtained with a higher accuracy. The value of R2 for the above rela-
tion is 0.9597.
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Fig. 2. Experimental set-up.

Table 1
Geometrical parameters of eductor-LLE device

Parameter Value

Venturi divergence angle (output) 7�
Venturi convergence angle (input) 45�
Overall length of venturi 0.10 m
Venturi throat diameters (Dth) 0.01, 0.02 and 0.03 m
Distance between venturi throat and nozzle (Lth-n) 0.01, 0.02 and 0.03 m
Nozzle diameters (Dn) 0.001, 0.002 and 0.003 m

Table 2
Physical properties of the gasoil/NaCl/water system at 20 �C

Physical Property Continuous Dispersed

q/kg�m�3 995.7 734
l/Pa�s 1,075,000 500,000
r/N�m�1 0.0198
Dq/kg�m�3 261.7
Dc/m2�s�1 10�9 � 1.36
Dd/m2�s�1 8.03 � 10�9

L

Fig. 3. Electrical conductivity (EC) of concentration of NaCl in water.

Fig. 4. Schematic diagram of the mass balance process.
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2.3. Procedure and analysis

2.3.1. Extraction efficiency and mass transfer coefficient
In this work the mass transfer direction is from dispersed phase

to continuous phase (d!c), then the extraction efficiency can be
represented as:

E ¼ ðCd;in � Cd;outÞ=ðCd;in � C�
d;outÞ ð3Þ

where Cd,in and Cd,out are inlet and outlet concentrations of NaCl in
the dispersed phase, respectively. C*d,out is the equilibrium concen-
tration of NaCl in the outlet dispersed phases, corresponding to the
outlet NaCl concentration in the continuous phase. The solubility of
the solute in the continuous phase is much higher than its solubility
in the dispersed phase. Hence, the mass transfer resistance of con-
tinuous phase is negligible as the fact that continuous input phase is
free of solute. Therefore, all resistance to mass transfer is in the dis-
persed phase. According to experimental data, the mass transfer
coefficient (Kcalc.) of the dispersed phase can be calculated by Eq.
(4).

R ¼ Qd Cd;in � Cd;out
� � ¼ Kcalc:avDCm ð4Þ

where R, Qd, a, and v are mass transfer rate (or extraction rate), the
volumetric flow rate of the dispersed phase, specific interfacial area
and the effective volume column, respectively. Besides, DCm is a
mean concentration driving force that is a common practice to
use logarithmic mean concentration deriving force, DCln, instead
of DCm in Eq. (4) since the mixing condition of the two phases is
not known. DCln can be calculated using the following equation
[35].

DCln ¼ ðC�
d;out � Cd;outÞ � ðCd;in � C�

d;inÞ
InððC�

d;out � Cd;outÞ=ðCd;in � C�
d;inÞÞ

ð5Þ

where C*d,in is the equilibrium concentration of NaCl in the inlet dis-
persed phase, corresponding to the inlet NaCl concentration in the
continuous phase. In order to achieve the mass transfer coefficient
as shown in Eq. (4), the specific interfacial area is determined by
the following equation (Eq (6)) [36].

a ¼ 6u=D32 ð6Þ
According to the definition of Eq. (6) essential parameters for

calculating specific interfacial area are: (a) Sauter mean diameter
(SMD), (b) the holdup.

(a) Normally, in the extraction columns, the drops have wild
size ranges but Sauter is proposed to represent a single value for
the diameter of different-size drops. In each experiment, the image
processing method which is a method for analyzing video films,
was used to measure the velocity of drops rising. The selected area
for capturing videos is the venturi output (the upper part of the
venturi). Moreover, photos were also taken to measure the diame-
ter of drops. A suitable camera with 60 frames per second is used
which the quality of photo and video were 4160 � 3120 and
1920 � 1080 pixels, respectively. The following equation can be
used to calculate SMD in the eductor-LLE device.

D32 ¼
PN

i¼1Nid
3
iPN

i¼1Nid
2
i

ð7Þ

where Ni and di are the number and diameter of the drops,
respectively.

(b) The holdup is the ratio of the volume fraction of the dis-
persed phase to the total volume of liquids at the interface
between the phases appearing above the column. Holdup mea-
surement was performed by simultaneously stopping the flow of
continuous and dispersed phases and allowing complete separa-
tion of the phases by changing the interphase height position at
the top of the column. In this way, the total amount of dispersed

phase holdup can be obtained by giving enough time to raise all
the drops (drops coalescence of dispersed phase).

2.3.2. Modeling
Regarding the complexity of mass transfer in LLE devices, the

essential equations for mass transfer coefficient are seldom avail-
able. Instead, empirical methods are almost conducted to obtain
a related dimensionless correlation [37]. In LLE systems the operat-
ing variables should be varied systematically to determine their
influence on Sherwood number of the dispersed phase (Shd). The
general format of Shd correlation is a function of Reynolds number
and Schmidt number (Scd).

Shd ¼ f ðRe; ScdÞ ð8Þ
where

Scd ¼ ld=qdDd ð9Þ
The empirical correlation of the Shd is based on the operating

variables (Dn, Dth, and Lth-n) and physical properties (Qd, Qc, and
Vj) of the system. Therefore, the Shd depends on the dimensionless
parameters. According to Buckingham pi theorem for dimensional
analysis the Shd can be given by Eq. (11):

Shd ¼ KexpD32

Dc
¼ C0Re

C2RC3
th�nR

C4
prR

C5
Q ; C0 ¼ c0Sc

C1 ð11Þ

Constant C0, i.e. c0 ScC1 as well as C2, C3, C4, and C5 exponents
should be obtained by the least square fitting method. The ranges
of the dimensionless parameters, i.e. Reynolds number (Re), venturi
throat area to nozzle area ratio (Rth-n), the projection ratio (ratio of
the distance between venturi throat and nozzle tip to venturi
throat diameter, Rpr) and two phases flow rates ratio (RQ), in Table 3
are shown. The equations of these dimensionless parameters are as
follows.

Re ¼ qdV jDn=ld ð12Þ

Rth�n ¼ Ath=An ¼ Dth
2=Dn

2 ð13Þ

RPr ¼ Lth�n=Dth ð14Þ

RQ ¼ Qd=Q c ð15Þ

2.3.3. Mass transfer during drop formation, rising and coalescence
stages

Dispersed phase mass transfer is divided into three stages,
including: drop formation stage, drop falling or rising stage and
drop coalescence stage. Skelland and Huang [38] have shown that
the mass transfer coefficient of these three stages under the non-
jetting regime can be extended to the jetting region with success.
The semi-empirical equations of mass transfer coefficient for drop
formation and coalescence were reported and also provided an
equation for the rising of oscillating drops. These above equations
are presented below:

(1) Drop formation correlation (Eq. (16)) was proposed by Skel-
land and Minhas [39]:

Table 3
Ranges of dimensionless parameters in the empirical correlation of the Shd

Title Description

System Gasoil/NaCl/water
Re 934–3885
Rth-n 11.11–400
Rpr 0.33–2
RQ 1.3–3
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Kdrop formation ¼ 0:0432
D32

tf

� �
V2

d

D32g

 !0:089
D32

2

tfDd

 !�0:334
ldffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qdD32r

p
 !�0:601

ð16Þ
where tf, Vd, and g are the time of drop formation, the velocity of ris-
ing drops and acceleration due to gravity, respectively. As previ-
ously observed, the physical properties of the gasoil/NaCl/water
system are presented in Table 2 and the image processing method
was used to calculate the rising drop velocity. The formation time
of the drop is also calculated as the following equation.

tf ¼ pD32
3=6Qd ð17Þ

(2) Drop rising (oscillating drops) correlation (Eq. (18)) was pro-
posed by Skelland and Wellek [40]:

Kdrop rising ¼ 0:32
Dd

D32

� �
4tDd

D32
2

� ��0:14 D32VSqc

lc

� �0:68 qc
2r3

gDqlc
4

� �0:10

ð18Þ
where t is the time of rising drops and VS denote slip velocity
between continuous and dispersed phases in the column which
may be calculated as:

t ¼ uv=Qd ð19Þ

VS ¼ Vd=uþ Vc=ð1�uÞ ð20Þ
(3) Drop coalescence correlation (Eq. (21)) was proposed by

Skelland and Minhas [39]:

Kdrop coalescence ¼ 0:173
D32

tf

� �
ld

qdDd

� ��1:115 gDqD32
2

r

 !1:302
V2

Stf
Dd

 !0:148

ð21Þ
A comparison can be made using the average absolute value of

relative error, AARE, between the experimental and calculated
data. Moreover, AARE is also used to evaluate the accuracy of the
proposed correlation (Eq. (22)).

AARE ¼ 1
N

XN
i

Kcalc:
i � Kexp :

i

Kexp
i

					
					 ð22Þ

where N and K are the number of experimental data and mass
transfer coefficient, respectively.

3. Results and Discussion

In the current study, the mixing within the eductor-LLE device
has been improved with the existence of a venturi in front of the
nozzle at specific Reynolds numbers. The experimental data were
obtained from 36 runs. On this basis, the effects of four variables
Re, Rth-n, Rpr, and RQ as well as some other parameters will be illus-
trated on the mass transfer coefficient in the next sessions.

3.1. Effect of SMD

As shown in Fig. 5, with increasing Sauter mean diameter (SMD)
the mass transfer coefficient increases. The figure is plotted for
three different nozzle diameters. As illustrated above, it can be
seen that the size of drops increases with increasing nozzle diam-
eter, because of enhancement in circulation inside the drops. This
finally leads to an increased mass transfer coefficient [41,42].
Therefore, in an overall conclusion, the mass transfer coefficient
can improve by increasing the nozzle diameter. A notable conclu-
sion here is that with an increase in nozzle diameter the slope of
mass transfer coefficient increases sharply. This can be explained
in view that the internal circulation in the gasoil drops changes

dramatically by variation of drop size. when the size of drop is
large, the interfacial phenomena occur faster [43]. Therefore, phe-
nomena of interfacial instability can facilitate mass transfer and
increase the mass transfer coefficient with a sharp slope at 3 nozzle
diameter.

3.2. Extraction efficiency

The extraction efficiency, according to Eq. (3), was obtained in
the range of 37.5%–93.7%. Fig. 6 shows the effect of nozzle diame-
ter on extraction efficiency at various Reynolds numbers. The
results show minimum extraction efficiency at nozzle diameter
around 2 mm, along with a slight increase in efficiency with
increasing Reynolds number. This argument can be presented in
view that higher efficiency at lower nozzle diameters is the result
of increasing contact surface area of mass transfer between the two
phases, due to a reduction in drop size. While increasing the nozzle
diameter from 2 mm to 3 mm in a constant Reynolds number,

K

Fig. 5. Effect of SMD on mass transfer coefficient for different nozzle diameters.

Re
Re
Re
Re

E

Fig. 6. Effect of nozzle diameter on extraction efficiency for different Reynolds
numbers.
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increases the extraction efficiency with a slight slope. As previ-
ously seen in Fig. 5, the nozzle diameter is the dominant and influ-
ential parameter which the mass transfer coefficient increases with
increasing Dn [44]. Thus, due to the increase in drops size and
internal circulation in the drops, the extraction efficiency increases.
However, a decrease in Dn less than 2 mm increases extraction effi-
ciency with a sharp slope which means that the large contact sur-
face area of the drop with the surrounding liquid has a greater
effect on increase the extraction efficiency. Furthermore, increas-
ing Reynolds number at a constant nozzle diameter (i.e. the
increasing mixing and turbulence with an increase in jet velocity)
increases the extraction efficiency.

3.3. Effect of Reynolds number on the mass transfer coefficient in the
eductor LLE-device

Fig. 7. shows the graph of mass transfer coefficient against Rey-
nolds number for difference venturi throat area to nozzle area
ratios (Rth-n). The range of Reynolds number, as a main effective
parameter, was calculated between 934 and 3885 so internal circu-
lations can be seen in all drops. As expected, the figure shows that
the Reynolds number has a positive effect on the mass transfer
coefficient for all values of Rth-n. Indeed, the higher Reynolds num-
ber results in higher turbulence and subsequently increases the
mass transfer coefficient [45].

3.4. Effects of dimensionless parameters on the mass transfer
coefficient in the eductor LLE-device

3.4.1. Effect of throat area to nozzle area ratio
Fig. 8a shows that the mass transfer coefficient increases with

decreasing venturi throat area to nozzle area ratio (Rth-n). Since R-

th-n is the ratio of venturi throat diameter squared (Dth
2 ) to nozzle

diameter squared (Dn
2), therefore Rth-n can reduced in two cases:

decrease in Dth and increase in Dn. In the former case, the mixing
process occurs in less space leads to an increase in the mass trans-
fer coefficient. In the latter case, an increase in Dn results in larger
drops formation and the liquid motion inside these large drops in-
creases the mass transfer coefficient as discussed before. It should
also be noted that the high jet velocity converts drop to smaller
drops and causes the emulsion formation. Also, there are no
internal circulations in the too-small formed drops [46]. For these

reasons, the high mass transfer cannot be achieved in low nozzle
diameters. As mentioned above, the increase in Reynolds number

Fig. 7. Effect of Reynolds number on mass transfer coefficient for different ratios of
venturi throat area to nozzle area.

Re
Re
Re
Re

Re
Re
Re
Re

Re
Re
Re
Re

Fig. 8. Effect of (a) venturi throat area to nozzle area ratio, (b) projection ratio, and
(c) two phases flow rates ratio on mass transfer coefficient for different Reynolds
numbers.
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has an increasing effect on the mass transfer coefficient. Thus we
can see a sharp increase in the mass transfer coefficient slope at
the highest Reynolds number value.

3.4.2. Effect of projection ratio
Fig. 8b shows that contrary to the Reynolds number, the projec-

tion ratio (Rpr) reveals a decreasing effect on the mass transfer
coefficient. This can be argued that with increasing Rpr the mixing
efficiency decreases because the distance of nozzle from venturi
throat (Lth-n) increases [13]. Thus, at lower projection ratio values
the turbulence and mixing become better and as a result, the mass
transfer coefficient improves with a decrease in Rpr. Because jet
energy in the entrance of the venturi throat is higher in the lower
Lth-n and more mixing intensity occurs in the venturi. It should be
stressed that the lower Lth-n leads to faster jet breakup and drop
formation. Hence with increasing the number of drops resulting
from high-energy jet breakup and an increase in two-phase contact
surface area with a high level of turbulence improve the mass
transfer coefficient. In other words, in the low nozzle to venturi
throat distances or high-energy jet, higher suction rates are attain-
able so better mixing is done. This behavior is because of the higher
shear forces that apply on phases and increase the turbulence of
the bulk.

3.4.3. Effect of two phases flow rate ratio
Fig. 8c reveals that the mass transfer coefficient increases shar-

ply with increasing two phases flow rates ratio (ratio of dispersed
phase to continuous phase flow rates, RQ) at different Reynolds
numbers. By decreasing RQ or in other words, an increase in contin-
uous phase flow rate (Qc) that inserts from the top of the column
in the opposite direction of the venturi outlet, the mixing and sub-
sequently mass transfer coefficient decrease. Because an increase
in Qc leads to enhancement in pressure drop and finally reduces
the mixing. Moreover, with increasing Qc, the countercurrent mix-
ing streams are decreased despite the reduction in jet and drops
rising velocity. When the intensity of the Qc is low, the jet flow
has more opportunities for better mixing and mass transfer. An
increase in mixing intensity has a direct effect on the mass transfer
rate and improves the mass transfer coefficient. On the other hand
by increasing RQ or increasing dispersed phase flow rate (Qd) the
mass transfer coefficient increases. Due to enhancement in the
interfacial mass transfer area and the mechanism of surface-
renewal generated by eddies. Besides, the rapid dispersed phase
drop rising in the counter flow of continuous phase in the column
causes faster drop coalescence and improved internal mixing
which in turn improves the mass transfer coefficient.

3.5. Mass transfer coefficient correlation

The empirical correlation (Eq. (23)) is expanded in order to
obtain the experimental mass transfer coefficient according to
Eq. (24).

Shd ¼ 14:676Re0:856R�0:403
th�n R�0:448

pr R0:348
Q ð23Þ

Kexp ¼ 14:676
Dc

D32

� �
qdV jDn

ld

� �0:856 Dth
2

Dn
2

 !�0:403
Lth�n

Dth

� ��0:448 Qd

Q c

� �0:348

ð24Þ
The above empirical correlation reveals that the Reynolds num-

ber has more effective than the other three dimensionless param-
eters, while the Rth-n and Rpr have effects of decreasing. Fig. 9
shows that, experimental values obtained from Eq. (24) were com-
pared with calculated values from Eq. (4). There is a very good

agreement between experimental mass transfer coefficients (Kexp.)
and calculated mass transfer coefficients (Kcalc.). The regression
coefficient (R2) value is 97.66%.

3.6. Investigation of mass transfer coefficient semi-empirical
correlation

Mass transfer coefficient correlation of the eductor-LLE device
was compared with single drop semi-empirical correlations during
drop formation, rising and coalescence. The results are discussed in
Fig. 10. These results exhibit that these semi-empirical correlations
in the single drop system are not suitable for prediction Kexp. in this
device. As can be seen in Fig. 10, the derived model presents better
fitness than other discussed models (Eqs. (16), (18) and (21)). Most
researchers have reported that the mass transfer coefficient during
drop coalescence is negligible [47–50]. However, the results show
that in the eductor-LLE device, the highest mass transfer fraction

Fig. 9. Comparison of experimental values of mass transfer coefficient with
calculated values from model.

Fig. 10. Comparison of experimental data with calculated data during drop
formation, rising and coalescence.
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has occurred during drop coalescence. Indeed, the existence of ven-
turi improves the mixing process and causes the formation of small
drops due to jet break-up phenomena at venturi throat in a short
time. The small rising drops coalesce with each other after exiting
venturi immediately. Therefore, the proposed model is in better
agreement with the semi-empirical correlation for drop coales-
cence. Also, a previous study elucidated that faster reduction of
the solute concentration and mass transfer direction from dis-
persed phase to continuous phase (d!c) lead to a reduction in coa-
lescence time [51]. Since the presence of venturi accelerates the
removal of the NaCl from the gasoil (d!c) coalescence occurs in
a short time. This can be another reason for the good conformity
of our model to the drop coalescence model. According to Table 4,
the AARE values of the semi-empirical models are 1.208, 2.569 and
16.083. These errors indicate that single drop relationships are not
very accurate for the present work. The AARE of Kexp. from the
empirical model is in good agreement with the experimental data
that this AARE value is 0.085. It can be concluded that the proposed
correlation in this study is more suitable than the other semi-
empirical correlations.

4. Conclusions

An experimental study was conducted to evaluate the mass
transfer performance for the gasoil desalting system in the
eductor-LLE device. The effects of dimensionless parameters speci-
fic to the present device on mass transfer improvement were
investigated. The empirical correlation is proposed in order to pre-
dict Sherwood number of dispersed phase as a function of Re, Rpr,
Rth-n and RQ. Reynolds number is the most effective dimensionless
parameter among the other one with an exponent of 0.856. The
results indicate that the high Re number has an important role
on mass transfer coefficient and extraction efficiency. However,
the highest mass transfer coefficient and extraction efficiency
occur in maximum and minimum (1 mm and 3 mm) nozzle diam-
eter, respectively. Also, it should be noted that the mass transfer
coefficient increases with increasing SMD results of increasing tur-
bulence and mixing. The semi-empirical correlations, i.e. models of
drop formation, rising and coalescence are not accurate to deter-
mine the mass transfer coefficient. Contrary to some previse stud-
ies the attained mass transfer coefficient model is better fitted to
the mass transfer coefficient model during drop coalescence.
Although, experimental values are in better agreement with calcu-
lated values of the eductor-LLE device. However, AARE value for
the present model was calculated about 0.085 that is less than
the AARE value of the drop coalescence model. Therefore, the pre-
sented model in the current study is appropriate for the estimation
of the mass transfer coefficient in the gasoil desalting system.
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Nomenclature

An area of nozzle, m2

Ath area of venturi throat, m2

a specific interfacial area, m2�m�3

C concentration of nacl, kg�m�3

C0,1, 2, . . . model parameters
D molecular diffusivity, m2�s�1

Dn nozzle diameter, m
Dth venturi throat diameter, m
D32 Sauter mean diameter, m
di drops diameter, m
E extraction efficiency
EC electrical conductivity, s�m�1

g acceleration due to gravity, m�s�2

K overall mass transfer coefficient of the dispersed phase,
m�s�1

Lth-n distance between venturi throat and nozzle tip, m
M molecular weight of solvent
N number of drops
Q flow rate, m3�s�1

R mass transfer rate, g�s�1

Re Reynolds number
Rth-n venturi throat area to nozzle area ratio
Rpr projection ratio
RQ two-phases flow rates ratio
Scd schmidt number
Shd sherwood number of the dispersed phase
T temperature, oC
t time of drop rising, s
tf time of drop formation, s
VA molal volume of solute at normal boiling point
Vc velocity of the continuous phase, m�s�1

Vd velocity of rising drops, m�s�1

Vj jet velocity, m�s�1

VS slip velocity, m�s�1

v effective volume column of the eductor-lle device, m3

m viscosity, Pa�s
q density, kg�m�3

Dq density difference between phases, kg�m�3

r interfacial tension, N�m�1

u holdup of the dispersed phase

Subscripts
c continuous phase
calc. calculation
d dispersed phase
exp. experimental
in inlet
out outlet

Superscripts
* equilibrium value
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